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 Cold flow model according to scaling laws and resembling a 200 MWth CFB boiler.
 Validation of down-scaled unit showed good similarity with reference boiler.
 Vast experimental evaluation of solids flow pattern in CFB boilers.
 The presence or absence of a dense bed governs the entrainment of solids.
 Solids external circulation should not be estimated as the solids flux at riser top.a r t i c l e i n f o
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Solids entrainmenta b s t r a c t
This work aims at gaining novel knowledge of the mechanisms governing the solids flow pattern in the
furnace of large-scale Circulating Fluidised Bed (CFB) boilers. A fluid-dynamically down-scaled unit
resembling an existing 200-MWth CFB boiler was built and validated against full-scale data. The extensive
experimental campaign showed, among others, that the presence or absence of a dense bed governs the
entrainment of solids from the bottom region of the furnace, and that the back-flow of solids at the exit
region is negligible at low gas velocities although it quickly becomes significant with an increase in gas
velocity. Thus, it is shown that the estimation of the external solids flux by the top flux in the furnace is
not generally valid.
 2020 Published by Elsevier Ltd.1. Introduction and operation, as well as a better understanding of the increasedThe circulating fluidised bed (CFB) is an established technology
for the large-scale combustion of solid fuels in boilers (Koornneef
et al., 2007; Cai et al., 2018). It provides, among other things, inher-
ent control of polluting emissions (Koornneef et al., 2007; Cai et al.,
2018; Leckner, 1998) and high fuel flexibility and, thus, the possi-
bility for decreased use of fossil fuels by introducing biomass and/
or renewable waste as fuel (Koornneef et al., 2007; Minchener,
2003). The introduction of renewable electricity generation from
non-dispatchable technologies, such as wind and solar power,
has made load flexibility a highly valuable feature, both in terms
of minimum load and load-ramp rates (Huttunen et al., 2017). This
increases the need for knowledge on the optimisation of designflexibility of combined heat and power plants.
Given the complex nature of the in-furnace processes in CFB
boilers with their two-phase gas solids flow, much of our current
knowledge of CFB has been acquired from experimental data
(see, for example (Johnsson and Leckner, 1995; Werdermann,
1993; Couturier et al., 1991; Johnsson et al., 1995; Lafanechere
and Jestin, 1995; Leretaille et al., 1999; Johansson, 2005; Mirek,
2016; Yang et al., 2005)). This is because modelling from first prin-
ciples either requires too great a computational effort (for a
Lagrangian description of each solid particle) or entails terms with
high levels of uncertainty in the governing equations (Eulerian
description of the solids phase). Experimental knowledge is typi-
cally used to build semi-empirical models (Myöhänen, 2011;
Hannes, 1998; Pallarès, 2008; Wischnewski et al., 2010), which
have shown satisfactory reliability and affordable computational
costs. However, the validity of the semi-empirical expressions isluation
Nomenclature
Notations
a decay coefficient of the splash zone [1/m]
A** cross-sectional area [m2]
D equivalent riser diameter [m]
dp particle diameter [lm]
g gravity constant, 9.81 m/s2 [m/s2]
Gs external circulation of solids [kg/m2s]
Gs,** solids flux [kg/m2 s]
h height over distributor plate [m]
Hb dense bed height [m]
Hexit exit height of the riser [m]
k net mass transfer coefficient [m/s]
K decay coefficient of the transport zone [1/m]
kb back-flow ratio [–]
L length [m]
L* scale factor for length [–]
m* scale factor for mass [–]
p* scale factor for pressure [–]
PSD particle size distribution [–]
St Stokes number [–]
t* scale factor for time [–]
u* scale factor for velocity [–]
u** fluidisation velocity [m/s]
u0 fluidisation velocity [m/s]
uL** secondary air velocity at top riser cross section [m/s]
umf minimum fluidisation velocity [m/s]
ut terminal velocity [m/s]
db bubble fraction [–]
DP** pressure drop [Pa]
lg viscosity [Pas]
q** density, concentration [kg/m3]
qs,** solids concentration in ** [kg/m3]
qs,entr concentration of entrained solids from bottom region
[kg/m3]
U particle sphericity [–]
Subscript **




exit values at the exit zone
g gas




Ref reference values measured in the range of h = 0.1–1.6 m
Riser riser, values measured for h = 0.1 m - top of the riser
s solids
top value at the top of riser
Gs,valve values at the solids circulation valve
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measurement data from which they were originally derived.
The solids flow is a key aspect of the design and operation of
CFB combustion, as it governs the mass balance of the bed material
and it may also be active in the mass balance of the gas phase when
serving as a catalyser or sorbent, for example, for the in-bed cap-
ture of pollutant emissions. In addition, the solids flow influences
the mass, momentum and heat transfer to fuel particles, as well
as the heat balance across the circulating loop, thereby determin-
ing the enthalpy flows of the solids and the heat transfer coeffi-
cients. More specifically, the external circulation of solids is an
important parameter because it allows for heat extraction in the
return leg, which acts as a mechanism to control the temperature
level in the hot loop. The external heat exchanger in the return leg
can, therefore, extend the range of operation of CFB boilers.
Despite being essential for a fundamental understanding of
commercial CFB boilers, the measured data from large-scale units
are relatively scarce, being typically limited in terms of spatial res-
olution and operational range. Measurements conducted in smaller
CFB units have been important but have typically been carried out
under conditions that are not necessarily relevant for CFB boilers.
In particular, much of the data available in literature have been
acquired under ambient conditions in tall and narrow risers with
geometries quite different from those of CFB boiler furnaces, which
are characterised by a height-to-width ratio of the order of  10
(Johnsson et al., 1995). As a consequence, it is not obvious to what
extent – if any – the results reported in the literature for narrow
units can provide information that can be applied to the under-
standing and modelling of CFB furnaces.
The over-arching aim of this work was to elucidate the underly-
ing macroscopic mechanisms governing the solids flow patterns in
the furnaces of large-scale CFB boilers. The specific goals were to
develop an understanding of how different variables affect the
entrainment of solids from the furnace bottom region, their back-
mixing along the furnace walls, and their back-flow in the exit
region at the top of the furnace.2
To achieve these aims, a fluid-dynamically down-scaled unit of
an existing large-scale (~200-MWth) CFB boiler was built. Data
from the down-scaled unit was successfully validated against mea-
surements from the large reference CFB boiler. The influences of
several parameters on the solids flow were investigated in terms
of the fluidisation velocity, riser pressure drop, and secondary air
injected at two height levels. Special emphasis was placed on
determining the flow conditions at the bottom of the riser, i.e.,
the furnace, and on evaluating the conditions corresponding to
partial-load operation.
2. Theory
CFB units are used in a wide range of applications (Kunii and
Levenspiel, 1991), with several studies in the literature focusing
on fluid catalytic cracking (FCC) units, which have narrower risers
than the furnaces of CFB boilers (Leckner, 2017). Large-scale CFB
boilers are run with Geldart B group solids and a dense bottom
region with a low (much less than 1) height-to-width aspect ratio.
These boilers exhibit a lateral solids flux profile in the freeboard
that is almost flat and they yield solids net flux values that are typ-
ically in the range of 0.5–20 kg/m2s. In contrast, FCC units use Gel-
dart group A particles, have a height-to-width aspect ratio > 1 in
their denser bottom region, show a solids profile in the freeboard
that is parabolic in shape, and employ a much higher net solids flux
than that used in CFB boilers (Johnsson et al., 1995; Zhang et al.,
1991).
2.1. Solids flow in wide CFB risers
According to the description of the vertical solids concentration
profile given by Johnsson and Leckner (1995), the riser of a CFB boi-
ler can be divided into three different fluid dynamical zones: a
dense bottom bed, a splash zone, and a transport zone (see
Fig. 1). In addition, there is a more- or less-pronounced exit zone
in connection to the outlet to the cyclone.
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zone has been validated in different large-scale CFB boilers
(Pallares and Johnsson, 2006; Schouten et al., 1999) and is consid-
ered to be an improvement upon previous correlations in which
the freeboard (i.e., splash and transport zone) was expressed as a
single region (Löffler et al., 2003). Despite the significant upward
net flux of solids from the bottom region, and application of pri-
mary gas velocities, which typically exceed the terminal velocity,
there is evidence of a dense bottom bed above the primary gas dis-
tributor with fluid-dynamics similar to that of a bubbling bed, with
a constant pressure drop, i.e., a constant solids concentration
(Johnsson et al., 1991);qs;Hb with height, Hb (Leckner, 2017). Yet,
the presence of such a dense bed has only been observed in the
Chalmers boiler due to its densely spaced pressure taps
(Svensson et al., 1996). Most commercial CFB boilers have too
few pressure taps to allow confirmation of the presence of a dense
bed according to the above definition.
The splash zone is dominated by strong back-mixing, mani-
fested as the ballistic movement of clustered particles. These clus-
ters are ejected via bubble eruptions at the dense bed surface. The
strong back-mixing results in a steep decrease in the solids concen-
tration with height, which is described by an exponential decay
coefficient, a (Kunii and Levenspiel, 1990). The transport zone,
which is located above the splash zone, occupies most of the riser
height and is populated by those particles that are entrained from
the bottom region (the dense bed and the splash zone). The trans-
port zone consists of an upwards core flux with back-mixing
through the separation of solids to the riser walls, forming a solids
wall layer that is flowing downwards. The solids back-mixing to
the wall layers is described by a decay coefficient, K.
From the integration of the solids-flux mass balance across a
height segment of the furnace, the vertical profile of solids concen-
tration can be described by Eq. (1) (Johnsson and Leckner, 1995):Fig. 1. Schematic of the different fluid-dynamical zones in the riser of a CFB boiler acco
concentration together with the key parameters used in the mathematical description p
3
qs hð Þ ¼ qs;Hb h < Hb ð1:1Þqs hð Þ¼ qs;Hb qs;exiteK HexitHbð Þ
 
ea hHbð Þ þqs;exiteK Hexithð Þ Hb<h<Hexit
ð1:2Þ
While the literature contains models and expressions for qs;Hb ,
(Pallares and Johnsson, 2006; Gómez-Barea and Leckner, 2010); a
(Johnsson and Leckner, 1995) and K (Johnsson and Leckner,
1995; Davidson, 2000), the solids concentration at the top of the
riser, qs;exit is not as straight-forward to describe, as it also depends
on the exit geometry of the furnace. Combining the expressions of
Johnsson and Leckner (1995), and the original works of Wen and
Chen (1982) and Kunii and Levenspiel (1990) for a dispersed flow
of particles entrained from the bottom bed, we define the concen-
tration of the solids entrained from the bottom bed, qs;entr (see
Fig. 1). Thus, qs;entr corresponds to the concentration obtained from
the extrapolation of the upper concentration profile – analogous to
the upwards moving dispersed phase - down to the dense bed
height, Hb (or, in the absence of a dense bed, down to the bottom
grid) (see Fig. 1) (Karlsson et al., 2017; Djerf et al., 2018). From this,
the vertical profile of the solids concentration can be written as:
qs hð Þ ¼ qs;Hb  qs;entr
 
ea hHbð Þ þ qs;entreK hHbð Þ h > Hb ð1:3Þ
where qs;entr can be obtained from experiments.
The decay coefficient in the transport zone, K, has been
described as a function of the solids transport velocity as K = A/
(u0-ut) (Johnsson and Leckner, 1995), which in turn can be
expressed as a function of the net mass transfer coefficient
between the core and annular region, k, by setting A = 4 k/D
(Davidson, 2000). Thus, the decay coefficient is dependent upon
the cross-sectional size and aspect ratio of the riser. Although mea-rding to Johnsson and Leckner (1995), including a typical vertical profile of solids
rovided by Johnsson and Leckner.
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value of A = 0.23 s1 (Johnsson and Leckner, 1995), the expression
for A indicates a dependency on furnace geometry.
The upwards core flux of solids at the top of the riser, Gs;top, can
be calculated as:Gs;top ¼ qs;top u0  utð Þ ð2Þ
The external circulation of solids is often estimated to be equal
to the upwards core flux of solids in the top (Johnsson and Leckner,
1995; Werdermann, 1993; Zhang et al., 1995; Johansson et al.,
2007). However, studies show that there can be significant solids
back-mixing at the riser exit, also known as back-flow effect
(Pallares and Johnsson, 2006; Johansson et al., 2007; Senior and
Brereton, 1992; Van der Meer et al., 2000; Werther, 1993). This
involves a share of the solids flowing upwards at the exit height
not being circulated externally, but instead being internally re-
circulated through the wall layers. Thus, with the back-flow ratio
defined as kb = Gs,down/Gs,top and noting that Gs,down = Gs,top-Gs, the
externally circulated solids flux can be expressed as:Gs ¼ 1 kbð ÞGs;top ð3Þ
Werther (1993) estimated that the back-flow ratio under three
specific operational cases in three large CFB boilers was approxi-
mately 0.2. Furthermore, the geometry of the riser exit/top config-
uration has been found to influence the back-flow ratio (Van der
Meer et al., 2000; Werther, 1993; Johnsson et al., 1999), with for
example, a specific abrupt exit yielding a 30% higher back-flow
compared to a smooth exit (Werther, 1993), an effect that is
enhanced at higher solids concentrations (Pallares and Johnsson,
2006). However, experiments that have applied different exit con-
figurations for conditions similar to those typical of CFB boilers
(relatively low solids fluxes) revealed a weak influence of the exit
configuration (Johnsson et al., 1999). The back-flow effect was only
affected significantly when large internals were inserted in the
upper part of the furnace, partly blocking the exit to the cyclone.
Analysis of the measurements made in the Chalmers 12-MWth
CFB boiler have shown that finer particles experience lower
back-flows than coarser ones and that, as expected, higher solids
concentrations increase the back-flow (Pallares and Johnsson,
2006). It can be concluded that although the back-flow effect
depends on the design of the upper part of the furnace, the solid
flux condition and particle size may also influence the solids con-
centration at the top of the furnace.
Regarding the external circulation of solids, its measurement in
large-scale units represents a major challenge. Edvardsson et al.
(2006) have estimated the external circulation of solids in a CFB
boiler by solving a heat balance over a loop seal system equipped
with a heat exchanger. Yue et al. (2005) have gathered data on
solids circulation from nine large-scale CFB boilers, although it is
not fully clear how these values (all but one is <12 kg/m2s) were
measured/estimated. In addition, care should be taken when com-
paring solids circulation rates from different units, as several unit-
specific variables (e.g., riser height and cross-sectional dimensions,
secondary air location, tapered walls, inclination) are known to
influence the solids circulation rate. Some studies have shown that
the external solids circulation rate is dependent upon the solids
inventory, while others have shown the opposite (Yue et al.,
2005; Yang et al., 2009; Xu et al., 2015). Nonetheless, recent stud-
ies (Karlsson et al., 2017; Djerf et al., 2018) have revealed that the
increase in the external circulation rate of solids that occurs with
increased gas velocity levels off when the dense bottom bed is
depleted. Furthermore, the same studies have shown that in the
absence of a dense bottom bed, the external circulation of solids
increases with the solids inventory, whereas if a dense bed is pre-4
sent the external circulation is not affected by the solids inventory
(at a constant velocity).
While secondary air injections are used to decrease NOx emis-
sions and to control the temperature in the bottom region, they
also influence the external circulation of solids (Cho et al., 1994).
Studies conducted in smaller, laboratory-scale units (Zheng et al.,
2019) have found that secondary air injection hinders the entrain-
ment of solids, thereby yielding a lower solids concentration at the
top of the riser (and, thus, an increased concentration of solids
below the secondary air inlet, given the same riser pressure drop).
It should be noted that the data in (Zheng et al., 2019) were gener-
ated by maintaining the total gas flow constant and varying the
primary-to-secondary air ratio, resulting in a decrease flow of pri-
mary air when the secondary air was increased. Therefore, it is dif-
ficult to compare these results to those of laboratory-scale units
(Zheng et al., 2019). Nevertheless, measurements from one case
in the Chalmers 12-MWth boiler showed that secondary air injec-
tion increased the solids concentration in the upper part of the fur-
nace above the point of secondary air injection, when the primary
air flow was kept constant (Johnsson and Leckner, 1995). Thus, it
can be concluded that the influence of secondary air on the solids
flow remains unclear.
2.2. Fluid-dynamical scaling laws
Fluid-dynamical scaling allows one to study the fluid dynamics
of large, high-temperature units using smaller laboratory units that
are operated under ambient conditions, without losing the quanti-
tative relevance of the measured data. Applying laboratory units
that are operated according to scaling laws also enables investiga-
tions with a greater range of operational parameters than is possi-
ble in full-scale boilers and the use of a wider range of diagnostic
techniques. The scaling is based on identifying dimension-less
parameters and ensuring that they are equal in the reference and
the laboratory unit (Kalaga et al., 2020). For fluid-dynamical
down-scaling of fluidised beds, Glicksman (1984) has proposed ini-
tially a full set of scaling parameters (used in (Markström and
Lyngfelt, 2012; Glicksman et al., 1994) for which the length
scale-factor, L*, is given by the gas chosen to operate the cold flow
model. In our case (FB combustion resembled with ambient air),
this results in L*=0.22, which will obviously yield a too-large cold
flow model to fit in the laboratory space.
The following simplified scaling laws have been presented by
















Horio et al. (1989) had earlier presented a set of scaling laws
similar to Eq. (4), with ut substituting for umf in the third
dimension-less group (Van der Meer et al., 1999). This results in
only minor variations to the resulting scaling. Combining the first












Thus, given a gas velocity in the cold flow model, the length
scale factor can still be adjusted through varying the particle size
[the solids density is given by the second group in Eq. (4)], with
finer solids yielding smaller cold flow models. However, it should
be noted that for finer solids other forces, e.g., inter-particle forces
and static charging, may also affect the solids flow. In this sense, it
is crucial to keep the scaled solids with in the same Geldard group
as the reference solids. The flexibility offered by the simplified set
for designing cold flowmodels has turned it into a widely used tool
T. Djerf, D. Pallarès and F. Johnsson Chemical Engineering Science xxx (xxxx) xxxin the field of fluidisation (Van der Meer et al., 2000, 1999;
Johnsson et al., 1999; Glicksman et al., 1993; Sette et al., 2014;
Schöny et al., 2016; Sasic et al., 2004).
Among the possibilities for further simplification of the scaling
sets, Van der Meer et al. (1999) have proposed to omit qpqg , which
Glicksman validated experimentally for very low values of Rep
(Leckner et al., 2011), thereby creating the opportunity to choose
the particles more freely and avoid issues with high-density parti-
cles. However, Van der Meer et al. (1999) noted that this approach
maintains only approximately the fluidisation regime and macro-
scopic movement of the solids, as well as the riser solids volumet-
ric hold-up, while the mass and pressure drop similarities are lost.
Finally, in the case of large-scale CFB boilers, the external circu-
lation of solids, Gs, is not an externally controllable (or known)
parameter but is the result of boiler operation and design. Thus,
the solids circulation can be controlled by adjusting the mass of
solids in the system, as represented by the riser pressure drop.
So, when scaling large-scale CFB boilers the fifth dimension-less
group in Eq. (4) that represents the external solids circulation
has to be substituted with the dimension-less riser pressure drop,
Dp/qpgL.
3. Experiments
Based on the simplified set of scaling laws described by
Glicksman et al. (1993) in Eq. (4), a fluid-dynamically down-
scaled unit was built to resemble an existing ~200-MWth CFB boiler
– hereinafter termed the ‘reference boiler’.
3.1. Fluid-dynamical down-scaling
Using air at ambient temperature as the fluidisation agent
implies, via the second dimension-less group in Eq. (4), the use
of a high-density bed material; copper is chosen (8920 kg/m3 com-
pared to a target value of 9375 kg/m3). As the next step, a length
scaling factor of 1/13 was judged to be optimal, since it resulted
in a fluid-dynamically down-scaled unit with a height of 3 m. In
order to achieve this, a particle size of 35 lm is required [see Eq.
(5)], which yields Geldart B solids, i.e., the same as the solids in
the reference boiler. This scaling (see Table 1 for values and scaling
factors) resulted in an error of 5% in the second dimension-less
group in Eq. (4), i.e., the solids-to-gas density ratio, while the
remaining four first groups in Eq. (4) were maintained in full agree-
ment by adjusting the fluidisation velocity, particle size and unit
dimensions.
The sphericity of the particles [the sixth dimension-less group,
see Eq. (4)] is not measured in either the reference boiler or the
fluid-dynamically down-scaled unit. The solids in the reference
boiler are mainly make-up material and fuel ash (which have
undergone attrition) and are typically assigned sphericity values
of around 0.85 in the literature. The atomic-blown copper particlesTable 1
Scaling parameters used in this work.
Parameter
Density of fluidisation gas qg
Dynamic viscosity of the fluidisation gas lg
Particle density qp
Average particle size dp







used in the cold flow model also tend to be spherical and are
assumed to have a sphericity close to that of the solids in the ref-
erence boiler.
As for the particle size distribution (PSD) of the solids, in CFB
boilers it is determined by the solids flow combined with the solids
attrition and cyclone efficiency. Since the latter two factors would
be complex to scale effectively, the approach taken here is to fill
the cold flow model with solids such that the scaled PSD corre-
sponds to the resulting solids inventory in the boiler, and to use
an efficient cyclone that keeps the material in the loop. However,
determining the solids PSD in large CFB boilers is problematic, as
in situ bed solids sampling is required. This sampling should prefer-
ably be conducted at different locations in the CFB loop due to the
size segregation effects. In the present work, samples of the solids
were taken from the loop seal in the reference boiler when it was
operated under high-circulation conditions and analysed using
laser diffraction, yielding an average size of d50p;boiler = 190 lm. The
fresh copper powder used in the fluid-dynamically down-scaled
unit has, on an up-scaled basis, an average particle size of
d50p;upscaled = 175 lm, which is considered to be in satisfactory agree-
ment with the corresponding value for the reference boiler.
Finally, the air distributor plate and the air feeding system were
designed to yield a pressure drop curve and volume, respectively,
resembling on an up-scaled basis the reference boiler. This is the
case because the pressure drop across the air distributor plate
and the volume of the air feeding system have been shown to influ-
ence strongly the fluid-dynamics (see (Svensson et al., 1996) and
(Sasic et al., 2004), respectively), for the limited air-distributor
pressure drops cases, which are typical for boilers.3.2. Experimental set up
The riser is built of perplex glass to allow direct visual observa-
tions of the solids flow. The present work applies tapered walls to
the cold flow model for validating the measurements against those
in the reference boiler (which has tapered walls), although the
measurement campaign after validation applies a bottom section
with vertical walls to simplify the flow picture and analysis. The
riser roof was kept in a horizontal position for both the validation
tests and the research test campaign, despite the slightly inclined
roof of the reference boiler.
Fig. 2 shows that the air feeding system consists of two inlet
fans and one suction fan, which ensure that the solids loop is below
atmospheric pressure so as to prevent solids leakage. The primary
and secondary air flows are monitored with three flow-meters and
regulated with four valves through a LabView interface. The sec-
ondary air can be injected at two height levels (L.1 and L.2). Auxil-
iary air flows (loop seal fluidisation, purging of pressure taps,
cleaning of particle filter) are fed with a separate pressurised air
system.Reference boiler Fluid-dynamically down-scaled unit
0.33 1.2 kg/m3









Fig. 2. Layout of the experimental set-up. Two different configurations of the lower section of the furnace were used: one with vertical walls (main measurement campaign)
and one with tapered walls (for validation against the reference boiler).
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each hole corresponding to those of the nozzles in the reference
boiler. The need for a relative low pressure drop across the air dis-
tributor means that there are relatively large holes in the air dis-
tributor (>dp50,down-scaled), requiring the use of two plates with a
thin metal mesh inserted in-between them in order to avoid leak-
age of solids down into the air plenum. At 3.5 m/s, the pressure
drop across the air distributor for the reference boiler is 5 kPa,
while the fluid-dynamically down-scaled unit yields a value of
5.4 kPa (up-scaled basis), which is considered a satisfactory level
of agreement.
To ensure that the copper solids maintain the PSD, the cyclone
in the cold flow model is not scaled but is instead specially
designed for maximal capture efficiency. For the chosen copper
solids, the cyclone manages to keep, after long-term operation,
99.97% of the initial inventory within the CFB loop.
The riser of the fluid-dynamically down-scaled unit is equipped
with 15 piezoelectric pressure sensors along the riser height. A
total of 7 sensors are situated within a height of 1 m (on an up-
scaled basis) above the air distributor in order to enable a higher
resolution of the pressure profile in the bottom region than that
available in large CFB boilers. The sensors were calibrated prior
to the experimental campaign and have shown robust signal
repeatability during the experiments. From the pressure measure-
ments the concentrations of solids, qs 1 eg
 
; is derived as
(Johnsson et al., 1991; Sasic et al., 2007):6
DP ¼ qs  qg
 
1 eg
 þ qgeg gDh ð6Þ
Eq. (6) is applicable down to low solids concentrations,
although it neglects acceleration effects (Sasic et al., 2007). Besides
the riser, pressure is also sampled in the air plenum, the cyclone
outlet, the down-comer, and the particle filter after the cyclone.
The solids circulation valve in the down-comer in Fig. 2 consists
of a butterfly valve (Djerf et al., 2018), which is used for measuring
the external circulation of solids, as explained below.3.3. Experimental procedure
For each run, pressure measurements are sampled at 50 Hz dur-
ing a period of 2 min, which is sufficient to give robust statistics.
Between runs, the pressure taps are flushed with air to ensure that
there are no particle plugs in the pressure measurement system. In
total, 48 cases were evaluated through 166 runs, with a minimum
of 3 runs per case. Experimental value variation within each case is
represented as error bars in the figures below; to improve readabil-
ity, variations of <5% are not depicted.
The butterfly valve used for measuring the external solids circu-
lation consists of an air plenum and a porous plate, which enables
fluidisation of the build-up of externally circulating solids when
the valve is closed, as exemplified in Fig. 3a. With this set-up, the
external circulation rate of solids was calculated from the increase
rate of pressure in the plenum of the valve, when it was closed. The
T. Djerf, D. Pallarès and F. Johnsson Chemical Engineering Science xxx (xxxx) xxxvelocity was adjusted to be maintained at 12∙umf during the time
when valve was closed. As shown in Fig. 3b, the valve plenum pres-
sure increases linearly during a certain time interval, the length of
which depends on the operating conditions. The higher the exter-
nal solids flow, the shorter the time for which the valve can be
closed without removing too much solids from the riser, to ensure
that the measured values are not affected (typically 12%–36% of the
original riser solids are removed to the return leg during the mea-
surements). The external solids circulation is measured a mini-
mum of three times for each case. In-between these
measurements, the valve is re-opened and the system is operated
for 2 min, to allow stable conditions.
From the pressure drop measurements above the primary
air distributor, we identify three bottom region categories
(Table 2).Fig. 3. a) Butterfly valve distributor used for measuring external circulation of so
Fig. 4. Particle size distributions in the reference boi
Table 2
Criteria used to categorise the experimental runs as a function of the fluid-dynamics of th
Category Presence of a dense bed Symbol Criterion
Linear p
1. yes Filled yes
2. unclear Half-filled no
3. no Empty no
7
 Category 1. The presence of a dense bed requires a minimum of
three pressure measurements within the dense bed (Svensson
et al., 1996), so as to confirm a straight line corresponding to
a constant solids concentration with height. However, since
the three lowest pressure taps are located at 0.1, 0.21, and
0.52 m above the air distributor, only dense beds that are taller
than the latter height can be detected with full certainty. Note
that a typical dense bed height for CFB boilers is reported in lit-
erature as being 0.4–0.6 m, and it decreases with fluidisation
velocity (Svensson et al., 1996).
The two other categories in Table 2 are defined for the runs in
which the pressure drop across the height interval covered by
the three lowest pressure taps (0.1–0.52 m) is not linear, i.e., the
presence of a dense bed cannot be confirmed.lids. b) Pressure transient used to calculate the external circulation of solids.
ler and the fluid-dynamically down-scaled unit.
e bottom-bed solids.
1:
ressure drop across three measurements in bottom
Criterion 2:





Gas flows used for the validation cases.
u0 [m/s]bottom utop [m/s]top uL.2 [m/s]top uL.1 [m/s]top
Case 1
Reference boiler 3.00 3.47 0.35 1.28
Fluid-dynamically down-scaled unit 3.15 3.41 0.31 1.17
Case 2
Reference boiler 2.35 2.67 1.04 0.19
Fluid-dynamically down-scaled unit 2.31 2.46 0.89 0.16
Case 3
Reference boiler 1.96 2.17 0.79 0.19
Fluid-dynamically down-scaled unit 1.88 2.04 0.71 0.18
Case 4
Reference boiler 1.46 1.49 0.41 0.18
Fluid-dynamically down-scaled unit 1.86 1.65 0.33 0.18
Fig. 5. Vertical profiles of solids concentrations measured in the 200-MWth reference boiler and in the fluid-dynamically down-scaled unit for the cases given in Table 3.
T. Djerf, D. Pallarès and F. Johnsson Chemical Engineering Science xxx (xxxx) xxx Category 2. The emulsion phase dominates, i.e., the emulsion
phase occupies a larger volume than the bubble phase in the
region located between the two lowest pressure taps. This is
based on the assumption that the emulsion phase remains at
the minimum level of fluidisation, which yields a threshold
value for the solids concentration of 750 kg/m3, above which
the emulsion phase predominates.
 Category 3. A dense bed is likely to be absent, i.e., neither a lin-
ear pressure drop nor a dominant emulsion phase can be
observed.
The symbols listed in Table 2 are used in this paper to indicate
whichof the above-mentionedcategories thebottomregionbelongs
to with respect to the above categories: Category 1 (filled symbols),
Category 2 (half-filled symbols) or Category 3 (empty symbols).8
3.4. Validation
As mentioned in Section 3.1, solids sampled in the loop seal of
the reference boiler showed a median size of d50p;boiler = 190 lm.
The PSD of this solids sample is compared to that of the solids in
the fluid-dynamically down-scaled unit (Fig. 4) that were sampled
after the unit had been de-fluidised once the solids inventory had
stabilised, i.e., the solids loss in the cyclone was negligible. Thus,
the solids sampling gave mean sizes of the copper solids in the loop
seal and the riser (when up-scaled) of 163 lm and 195 lm, respec-
tively. This indicates a slight size-segregation effect and a mass-
weighted value of 186 lm for the whole system, as compared to
175 lm for the fresh material.
The fluid-dynamically down-scaled unit is validated by means









Primary air only runs 36 (130 runs, with at




Secondary air runs 12 (36 runs, with at
least 3 runs per case)





Fig. 6. Dense bed height as a function of excess gas velocity, as obtained from the measurements made in the down-scaled unit (representing a 200-MWth CFB boiler) and the
12-MWth Chalmers boiler (Svensson et al., 1996). Data from the down-scaled unit follow the symbols given in Table 2. Results from the Chalmers boiler are all plotted as grey
symbols, even when Hb = 0.
T. Djerf, D. Pallarès and F. Johnsson Chemical Engineering Science xxx (xxxx) xxxthe four different reference cases listed in Table 3. For these runs, a
bottom section with tapered walls was used in the cold flow
model. While the primary air velocity, u0, is based on the cross-
sectional area at the air distributor (i.e. at the bottom of the riser),
the other superficial gas velocities in Table 3, utop, uL.1 and uL.2, are
related to the cross-sectional area above the tapered section in the
riser (where uL.1 and uL.2 describe the corresponding contributions
of the gas lateral injections at two heights). Thus, the total top
velocity utop, includes both primary air and the lateral air injection
flows given (cf. Table 3).
Fig. 5 gives the vertical solids concentration profiles for the val-
idation cases, both for the reference boiler and the fluid-
dynamically down-scaled unit. It is clear that there is generally
good agreement between the fluid-dynamically down-scaled unit
and the reference boiler in all four cases. For Case 1, no dense
bed height could be detected in the down-scaled unit, and the bub-
ble fraction is slightly < 50%, resulting in the absence of a dense
bed. This could not be investigated in the reference boiler due to
a scarcity of pressure ports in the bottom region. For Cases 2–4,
there is a dense bed in the bottom of the fluid-dynamically
down-scaled unit (following the categorisation suggested in this
work; Table 2).
3.5. Test matrix
Table 4 provides a summary of the test matrix used, together
with the operational intervals for fluidisation velocity, gas lateral9
injections and riser pressure drop (measured between the bottom
pressure tap at h = 0.1 m and the top of the riser). As mentioned
above, these measurements applied a bottom section with vertical
walls, so as to simplify the analysis by eliminating the bottom-
effects caused by tapered walls.
4. Results and discussion
The results are presented below in an order that follows the
solids flow, starting in the dense bottom bed and continuing
towards the riser exit. The results from the scale model are pre-
sented as up-scaled values.
Most of the results are presented with the single-particle termi-
nal velocity (ut) of the solids in the riser. While this variable is
known to vary somewhat from run to run, it was not possible to
perform particle sampling and size distribution analysis for each
run. Instead, these were carried out for a few runs and a general
value of ut = 1.06 m/s (corresponding to a particle size of
195 lm, from a sample in the riser) is assumed for all the cases
presented below.
4.1. Flow regime in the bottom region
Fig. 6 shows the decrease in dense bed height with excess gas
velocity, comparing the present measurements made in the scale
model with literature data for the Chalmers 12-MWth boiler with
a mean solids size of 190 lm (Svensson et al., 1996). Note that
Fig. 7. Concentration of entrained solids from the bottom region as a function of the solids transport velocity for different riser pressure drops and bed heights, as obtained
from the measurements made in the down-scaled unit (representing a 200-MWth CFB boiler) and data from the literature. a) Results without and with secondary air injection.
b) Concentration of entrained material with a confirmed dense bed from this study, non-scaled particles (Djerf et al., 2018), and the Chalmers 12-MWth CFB boiler (Johnsson
and Leckner, 1995).
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vals, while for the Chalmers boiler data each category implies a
constant pressure drop over the bottom region (h = 0.1–1.6 m)
only. It is evident that for a given pressure drop, the dense bed
decreases in height with excess gas velocity and is eventually
depleted. The cases run in the down-scaled unit with a low riser
pressure drop cover all three categories of bottom region flow
characteristics (cf. Table 2). Although none of the cases with the
two higher riser pressure drop ranges result in depletion of the
dense bottom bed, it is reasonable to assume that this would have
been the case if the fluidisation velocity could have been increased
further.
The results from the fluid-dynamically down-scaled unit indi-
cate that, for riser pressure drops typically used in large-scale
CFB boilers (7–8 kPa), the presence of a dense bottom bed is not
obvious for excess gas velocities above 2.5 m/s. However, the Chal-
mers boiler data indicate that when the bottom riser pressure drop
is maintained (by means of adding solids, as the fluidisation veloc-
ity increases) there is less of a decrease in the dense bed height
with fluidisation velocity, although the dense bed is eventually
depleted at 3.3 m/s for the lowest pressure drop series. Thus, it is10likely that a dense bed cannot be maintained above a certain fluidi-
sation velocity, which increases with furnace pressure drop. The
presence or absence of a dense bed is an important aspect to know
in the operation of CFB boilers, as it yields different bottom dynam-
ics, which, as shown below, will influence the solids flow above the
bottom region.4.2. Entrainment of solids from the bottom region
Fig. 7 summarises the results for the solids entrainment from the
bottom region, as indicated by the concentration of entrained solids
from the bottom, qs;entr [see Eq. (1.3)], as a function of the single-
particle transport velocity (u0-ut). As shown in Fig. 7a, the concentra-
tionof entrainedsolids increaseswith the solids transportvelocity in
the presence of a dense bed (Category 1; filled symbols). However, it
becomes saturated as the dense bed is depleted (Categories 2 and 3;
half-filled and empty symbols, respectively). The dense bed can be
regarded as acting as a buffer for solids, in that if it is present it
increases the concentration of entrained solids as the fluidisation
velocity is increased. Since higher riser pressure drops maintain a
Fig. 8. Back-mixing from the core region to the wall layers, characterised by the decay coefficient, K, as a function of the solids transport velocity, as obtained from the
measurements made in the down-scaled unit, representing a 200-MWth CFB boiler. Secondary air cases are depicted by grey symbols and the correlation obtained in the
Chalmers 12-MWth CFB boiler (Johnsson and Leckner, 1995) is indicated by the dashed line.
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drops yield higher values for the concentration of entrained solids
(Fig. 7a). Note that in presence of a dense bed, the riser pressure drop
does not influence the concentration of entrained solids at a given
fluidisationvelocity. Thedata-points corresponding to thegrey sym-
bols in Fig. 7a represent the influence of the secondary air.
Fig. 7b compares the concentrations of entrained solids from
the present measurements (resembling the 200-MWth boiler) with
data from the Chalmers 12-MWthh CFB boiler (Johnsson and
Leckner, 1995) and from previous experimental work carried out
by the authors in the same down-scaled unit operated with glass
particles (Djerf et al., 2018). In order to remove the effect of deple-
tion of the dense bed, only data for which a dense bed could be
confirmed are included in Fig. 7b. The glass particle experiments
did not apply the scaling proposed by Glicksman, but the scaling
described by Van der Meer et al. (1999) can be applied in order
to resemble hot conditions, yielding a length scale factor of 1/1.5,
which should result in the cold flow model resembling a hot unit
with a cross-section that is about half of that in the Chalmers boi-
ler. Thus, the results in Fig. 7b can be seen as representing three
different boilers with good agreement between the values for the
Chalmers boiler, the present work (200-MWth boiler), and the pre-
sent unit operated with glass beads (resembling a small boiler).
This indicates that the concentration of entrained solids is inde-
pendent of boiler geometry.
Fig. 7a includes the results from runs that involved lateral injec-
tions of gas into the riser. It should be noted that the values for
these specific runs are plotted against the solids transport velocity
based on the primary air velocity, as the entrainment is assumed to
occur at the level of the dense bed height (all other values which
include the lateral air injection apply the total top velocity). In gen-
eral, lateral gas injections yield a decreased concentration of
entrained solids, presumably due to disturbance of the solids up-
flow causing less solids to be lifted, which is in line with previous
works (Cho et al., 1994; Kalaga et al., 2020) in laboratory-scale
units but not with the results from one run in the Chalmers boiler
(Johnsson and Leckner, 1995). The only exceptions to this trend are11the two cases in which the air was injected into the dense bottom
bed, which resulted in an increase in the concentration of
entrained solids. These two cases arise when the dense bottom
bed is high, at a low fluidisation velocity and a high riser pressure
drop, and at the low air injection point. Fig. 7a also shows the influ-
ence of gas injection height, whereby the higher location (L.2)
yields a lower concentration of entrained solids compared to the
lower location (L.1). In addition, Fig. 7a shows that higher sec-
ondary air flows generally yield lower concentrations of entrained
solids. Thus, while air staging is an efficient primary measure to
tackle emissions and control the load of large-scale CFB boilers, it
can reduce the solids hold-up in the upper part of the riser and this
may have a significant impact on the heat balance.4.3. Back-mixing to the wall layers
Fig. 8 shows the exponential decay coefficient in the transport
zone, K [see Eq. (1)], which expresses the back-mixing to the wall
layers as a function of the solids transport velocity in the upper
part of the riser. It is shown that back-mixing to the wall layers
is influenced neither by the presence/absence of a dense bed nor
by the riser pressure drop. This agrees with previous studies con-
ducted by the authors without fluid-dynamical down-scaling
(Karlsson et al., 2017; Djerf et al., 2018).
Fig. 8 shows that secondary air has little influence on the solids
back-mixing to the wall layers (note that the solids transport
velocity is based on the velocity above the secondary air inlets).
Fig. 8 includes the correlation for K proposed previously
(Johnsson and Leckner, 1995) based on measurements performed
in the Chalmers 12-MWth CFB boiler. Those previous results are
significantly different from the results of the present work. A pos-
sible explanation for this discrepancy is that the scaling applied in
the present work resembles a much larger (200-MWth) boiler than
the Chalmers boiler, yielding significantly less back-mixing to the
walls, thereby revealing that the back-mixing mechanism depends
on the size of the unit, as mentioned in Section 2.1.
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The solids flow in the top region of the riser involves an upward
flux in the core domain, of which a share of the solids escapes the
riser into the cyclone and forms the external circulation of solids,
while the remainder is internally re-circulated by means of back-
flow to the wall layers (Section 4.3).
Fig. 9 compares the calculated upward flux of solids at the riser
top (Fig. 9a) and the measured external circulation of solids
(Fig. 9b). There is an obvious increase in the upward solids flux
at the riser top [calculated with Eq. (2)], as well as an increase in
the external circulation of solids with an increase in the solids
transport velocity, when a dense bed is present. With an increase
in the solids transport velocity, the difference between the upward
core flux and the measured external solids circulation increases,
indicating a significant back-flow effect in the top of the riser. Thus,
using the calculated upward core flux as a measure of the external
solids segregation does not give a good approximation at higher
velocities. Fig. 9a also shows (grey symbols) the effect of lateral
gas injections, which in general terms are characterised by a reduc-
tion in the upward solids flux. The reduction in upward solids flux
is based on the hindering effect of entrained solids from the bot-Fig. 9. Comparison of upward solids fluxes in the core region at the top of the riser, as o
200-MWth CFB boiler (a), as obtained from Eq. (1) and the measured external circulatio
12tom region and a minor influence of the back-mixing to the wall
layer (in any direction, see Sections 4.2 and 4.3). Thus, the lateral
gas injection leads to a lower upward flux of solids at the top of
the riser. However, since there is no obvious effect on the external
circulation of solids, this implies that the lateral gas injection
reduces the back-flow ratio (see below).
Fig. 10 presents the values for the external circulation of solids,
here measured in the return leg, as compared to the values in the
literature (Werdermann, 1993; Johansson, 2005; Zhang et al.,
1995; Edvardsson et al., 2006; Yue et al., 2005), as a function of
the fluidisation velocity. Note that this figure contains data from
units that differ significantly in size. Therefore, direct comparisons
of the data are not intended, only qualitative comparisons. Most of
the literature values are estimated as the upward core solids flux,
as given by Eq. (2) (cf. Fig. 9a). Thus, the same pattern observed
for Fig. 9, a and b is seen here: the solids circulation values from
the literature, estimated from measurements in the riser (the light
grey area of Fig. 10) are consistently higher than those calculated
from local measurements in the return leg, i.e., in this work and
that of Edvardsson et al. (2006), who estimated the external solids
circulation from a heat balance over the loop seal (Edvardsson
et al., 2006) (the dark grey area of Fig. 10).btained from the measurements carried out in the down-scaled unit, representing a
n of solids (b), for runs with and without secondary air.
Fig. 10. External solids circulation. Present study measurements compared to literature values for large CFB boilers (Werdermann, 1993; Johansson, 2005; Zhang et al., 1995;
Edvardsson et al., 2006; Yue et al., 2005).
T. Djerf, D. Pallarès and F. Johnsson Chemical Engineering Science xxx (xxxx) xxx4.5. Back-flow ratio
Fig. 11a compares the measured external circulation of solids to
the corresponding estimated solids upwards flux at the top of the
riser, i.e., the deviation from the diagonal line represents the solids
back-flow. At low fluidisation velocities (i.e., low values of the
solids upward flux), all the solids reaching the riser top are exter-
nally circulated, i.e., the back-flow is negligible (kb ~ 0), while the
back-flow becomes dominant at higher values of the upwards flux
of solids (in agreement with previous reports (Pallares and
Johnsson, 2006), with values of kb up to 0.8, meaning that 80% of
the upward flux of solids in the top of the riser (cf. Fig. 9a) are inter-
nally re-circulated. It should be noted that since particle size seg-
regation along the riser is likely, the solids size at the top of the
riser needs to be accounted for when estimating the upward flux
of solids, so as to avoid negative back-flow values. However, such
sampling is complicated, and it also changes with the operating
conditions. In this study, the particle sample from the solids in
the riser was used for the estimation of the terminal velocity (cf.
Section 4), therefore, also for the upward flux of solids, possibly
leading to an overestimation of the terminal velocity, especially
for cases with low fluidisation velocities.
By comparing the estimations of the external circulation of
solids in the Chalmers 12-MWth CFB boiler made by Edvardsson
et al. (2006) with the upward solids flux calculated from measure-
ments conducted by Johnsson and Leckner (1995) under similar
operational conditions, the back-flow is estimated to be within
the range of 0.83–0.89. Based on the literature (Werdermann,
1993; Werther, 1993), Werther (1993) estimated the back-flow
in a 109-MWth CFB boiler to be 0.2, through comparison of the
upwards and downwards solids fluxes in the top of the furnace.
It should be borne in mind that the geometry of the exit configura-
tion in the fluid-dynamically down-scaled unit used for the tests
reported in the present work had a flat roof and, thus, did not cor-
respond to the geometry of the inclined roof in the reference boiler.
Yet, the influence of the geometry at the top of the riser/furnace
has been reported to have only a small impact on the back-flow
under flow conditions relevant for CFB boilers (Van der Meer
et al., 2000). Nevertheless, this effect is relevant, as the value of
kb increased from 0 to 0.4 when a smooth exit was replaced by
an abrupt one (Werther, 1993).13Some studies in the literature have reported an influence of the
fluidisation velocity in the loop seal on the external circulation of
solids (Bidwe et al., 2011; Han et al., 2007; Cheng and Basu,
1999; Basu and Cheng, 2000). However, the units used in those
studies were small and had a return leg configuration, which dif-
fers from that in large-scale CFB boilers; in the latter, the return
leg is designed with wide geometries and operated under well-
above-minimum fluidisation conditions, thus turning the riser -
rather than the return system – into the loop element governing
the net circulation of solids (Johansson et al., 2006; Li et al.,
2018; Wang et al., 2014). In order to rule out the possibility that
the seal fluidisation acts as a limiter of the solids net flow, three
runs were carried out in which only the fluidisation velocity in
the loop seal was varied (plotted with grey markings in Fig. 11a).
It is clear that there are no significant differences in the external
solids circulation between these runs, and, therefore, no differ-
ences in the back-flow.
Since the solids back-flow originates from the inability of solids
to follow the gas as it bends into the exit duct to the cyclone, the
Stokes number (describing the extent to which particles are unable
to follow a fluid) should be governing this phenomenon. Fig. 11b
shows the back-flow ratios for different Stokes numbers with the
characteristic length in the Stokes number taken as half of the
depth of the unit, which should be a reasonable assumption for
representing the bend experienced by the gas flow at the exit
region. However, the St-number would only allow for comparisons
of different sizes of similar exit configurations, but can hardly be
expected to be useful for comparing different geometries (smooth,
abrupt, exit window size and geometry, etc). In this sense, the
change in backflow with St-number is to be assigned to the partic-
ular geometry investigated, rather than be used as a general value.
As shown in Fig. 11b, the back-flow is almost non-existent at low
Stokes numbers, there is a transition for Stokes numbers in the
range of 0.08–0.12 as the back-flow increases rapidly, and there-
after it levels of at Stokes numbers > 0.12. Theoretically, with a fur-
ther increase in velocity (and in Stokes number) the back-flow
ratio would approach a value of 1, as the gas drag would not be
able to overcome the high inertia of the solids (the drag on the
solids is constant, since the slip velocity between the gas and solids
remains equal to the terminal velocity of the particles). However,
the fan capacity limits investigations at higher velocities than
Fig. 11. Back-flow effect. a) Measured external solids circulation compared to estimate the upwards flux of solids at the top of the riser. b) Back-flow ratio as a function of the
Stokes number. From the measurements in the down-scaled unit, representing a 200-MWth CFB boiler.
Table 5
Solids sizes in the down-scaled unit, as obtained from the measurements made in the down-scaled unit (up-scaled values), representing a 200-MWth CFB boiler.
Sample dp10 (lm) dp50 (lm) dp90 (lm) ut(dp10) (m/s) ut(dp50) (m/s) ut(dp90) (m/s)
Riser 106 195 323 0.35 1.06 2.45
Loop seal
u0 = 1.7 m/s
69 130 238 0.15 0.50 1.48
Loop seal
u0 = 2.7 m/s
78 158 299 0.19 0.72 2.16
Loop seal
u0 = 3.6 m/s
81 163 301 0.20 0.77 2.20
Filter sample 48 111 251 0.07 0.38 1.63
T. Djerf, D. Pallarès and F. Johnsson Chemical Engineering Science xxx (xxxx) xxxthose shown in this study. Fig. 11b also shows that the secondary
air injections lower only somewhat the back-flow ratio.4.6. Size segregation
Table 5 shows the measured solids size segregation patterns in
terms of the differences between samples from the riser and the14loop seal (sampled after de-fluidisation), together with the corre-
sponding values for the terminal velocity.
The table shows the segregation effect, as the particle size in the
loop seal is lower than in the riser. This is a consequence of size
segregation being present in all the mechanisms discussed above
(solids entrainment from the bottom, back-mixing to the wall lay-
ers and back-flow at the riser exit), as shown by the results of the
present work. As expected, the solids size in the loop seal increases
T. Djerf, D. Pallarès and F. Johnsson Chemical Engineering Science xxx (xxxx) xxxwith an increase in fluidisation velocity, as the probability of
entraining coarser particles from the bottom region into the
upwards core flow increases with fluidisation velocity.
5. Conclusions
A fluid-dynamically down-scaled unit resembling an existing
200-MWth utility CFB boiler was built and operated according to
the simplified scaling laws proposed by Glicksman et al. (1993).
A comparison of samples of in-furnace solids acquired from the
two units shows that the down-scaled model is operated with
solids that have a size distribution similar to that of the full-scale
boiler. The pressure drop profiles (concentration profiles) mea-
sured in the scale model show good agreement with the corre-
sponding measurements obtained in the 200-MWth CFB boiler.
The results from an experimental campaign that covered a
broad range of operational parameters were used to elucidate the
mechanisms governing the solids flow pattern in CFB furnaces.
The results show that the presence or absence of a dense bed gov-
erns the entrainment of solids from the bottom region, which
increases with the fluidisation velocity as long as a dense bed is
maintained. However, when the dense bed is depleted the solids
entrainment becomes saturated. Lateral injections of air from the
riser walls into the freeboard (secondary air) hinder the solids
entrainment, whereas injection of air into the dense bed enhances
entrainment of the solids.
The back-mixing to the wall layer is shown – in line with the
previous literature - to be dependent upon the fluidisation velocity
and the cross-sectional dimensions.
The solids back-flow at the exit region goes from being negligi-
ble at low Stokes numbers (i.e., low gas velocities) to gradually
approaching unity for higher Stokes numbers. Thus, it is shown
that the external solids flux should not be estimated from pressure
drop measurements at the top of the furnace (i.e., from estimating
the upward solids flux by multiplying the top solids concentration
by an estimated solids transport velocity).
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